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A Model for Liquid—Liquid Extraction Column
Pertormance — The Influence of Drop Size
Distribution on Extraction Efficiency

S. H. ZHANG, S. C. YU, Y. C. ZHOU and Y. F. SU
East-China Institue of Chemical Technology, Shanghai 201107, China

A precise model for predicting liquid—liquid extraction column efficiency based upon assumed hydrodynamic, axial
mixing and mass transfer behaviour has been formulated and solved numerically.

The complex nature of the dispersed phase can be better described by drop-size-dependent residence time distribution
(RTD). Both the variation of axial velocities due to drops of different sizes, i.e. forward mixing, and the axial dispersion
for the drops of the same size have been considered in this model.

The computed results reveal that the effects of both varying velocities and dispersion of drops on extraction efficiency
are appreciable and cannot be neglected, and the efficiency may be overestimated if only a forward mixing model is
adopted. The comparison of the experimental values of Nope with those predicted shows that the mass transfer data
obtained in RDC agree well with the values predicted by the present model for the case of solute transfer in ¢ — d
direction, and are slightly higher than the predicted ones for the transfer in d — ¢ direction.

On a formulé et résolu numériquement un modele précis pour prévoir I'efficacité d’une colonne d’extraction liquide —
liquide basé sur un comportement hydrodynamique hypothétique, le mélange axial et le transfert de masse ayant été
formulés et résolus numériquement.

On peut mieux décrire la nature complexe de la phase dispersée par une distribution de temps de séjour qui dépend
de la dimension des gouttes. On a considéré, dans ce modzle, 2 la fois la variation des vitesses axiales avec la dimension
des gouttes (mélange devancé) et la dispersion axiale pour les gouttes de mémes dimensions.

Les résultats calculés révelent que I’effet de la variation des vitesses et celui de la dispersion des gouttes sur I’efficacité
d’extraction sont appréciables et ne peuvent étre négligés; I’ efficacité peut étre surestimée si seul un modéle de mélange
devancé est adopté. La comparaison des valeurs expérimentales de Nopp avec les valeurs prédites indique que les
données de transfert de matiere obtenues dans RDC concordent bien avec les valeurs prévues par ce modele dans le cas
du transfert du soluté dans la direction ¢ — d; les valeurs expérimentales sont légérement plus élevées que les valeurs
prévues dans le cas du transfert dans la direction d — c.

The problem of axial mixing in liquid—liquid extraction
columns has been studied intensively in the past twenty
or more years. The influence of axial mixing in one or both
phases was included, but each phase was assumed to be a
continuum either in a dispersion model or in a back-flow
model.

Studies on axial mixing in the continuous phase in RDC
or pulsation columns show that it may be successfully de-
scribed by a dispersion model. In applying the dispersion
model to the dispersed phase, it is assured that the concen-
tration of the dispersed phase keeps constant throughout a
given cross-section of the column due to sufficiently in-
tensive coalescence and redispersion. This assumption is not
always satisfied in normal operating conditions especially
when there is a low holdup and relatively mild agitation.
In such cases the probability of the collision of drops is
not large, rather, the coalescence of drops is hindered
by impurities. Consequently, a constant concentration of
drops throughout the column cross-section might not be
stablished.

In fact, the dispersed phase in extraction columns covers
a wide range of drop size distribution. The large drops pass
through the column more rapidly than the drops of average
size do (the forward mixing effect). The small ones reside
for a longer time and may even be highly backmixed owing
to their lower inertia. Accordingly, different drops may have
their own different concentrations and mass transfer coeffi-
cients even if they are at the same cross-section of the
column.

Olney (1964) was the first one who accounted for the

discontinuous character of the dispersed phase and the distri-
bution of drop diameters. It was assumed that each drop size
fraction in the dispersion contributes to the overall column
performance in terms of its own residence time and mass
transfer rate. Similarly, Rod (1966) analysed the effect of
the varying velocities of drops of different sizes (forward
mixing) with the back-mixing and suggested an approximate
method for calculating column height.

However, the effect of residence time distribution of
drops on both the mass transfer behaviour and the concen-
tration driving force of the drops was not taken into account.

Recently, Chartres and Korchinsky (1975) solved the
forward-mixing model numerically. The solution included
the estimation of the dispersed phase mass transfer coeffi-
cients from single drop models and the continuous phase
coefficients. Experimental evidence of the influence of drop
size was obtained by Korchinsky and Cruz-Pinto (1979,
1980).

Using stochastic process theory, this paper presents a
model in which the RTD related to the drop diameter is
introduced so that not only the forward and back-mixing but
also the mass transfer behaviour of drops are taken into
account.

Theoretical modelling
THE STATISTICAL STUDY ON DROP MOVEMENT

The flow pattern of two phases usually is countercurrent
in an gxtraction column. One of the two phases is dispersed
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G liquid phase équilibrium concentration (kmol/m")

Il

Cs = concentration of cellulose fibers (kg/m’)

ds = mean bubble diameter (m)

13 = electrical signal from IR analyzer (V)

F(s), F(jw) = transfer function and its Fourier transform

G(s), H(s) = intermediate transfer functions

Im = imaginary part of a complex number

j = (- 1)0.5

k. = liquid film mass transfer coefficient (m/s)

K,ar = overall volumetric gas-liquid mass transfer coeffi-
cient based on the gas-free volume of liquid or of
slurry (s7")

n = index of frequency

Iiax = number of frequencies

n, = number of orifices in the sparger

/& = number of well-mixed stages in the gas phase

Oc = volumetric flowrate of the gas stream (at 101.33
kPa and 25°C) (m'/s)

Re = real part of a complex number

s = Laplace domain variable (s ')

St = Stanton number for the gas phase (Equation (4))

T = period of the Fourier series (s)

! = time (S)

Usc = superficial gas velocity (m/s)

Ve = volume of the gas phase held up in the contactor
(m*)

Ve = volume of gas-free liquid or slurry (m*)

Y(1), Y,(r) = dimensionless responses of the IR analyzer to a

step input, to an impulse

Greek letters

a = calibration factor of the IR analyzer [E(1 = o)/
Co(t = »)]

€ = fractional gas hold-up _

A = dimensionless solubility of CO, [= C.(r = )/
Co(t = )]

) = pure time delay in response curves (s)

TG = “hydraulic” residence time in the gas phase (s)

Tw = time constant of the gas sampling and collecting
train (s)

d = objective function (Equation (5))

W, Wy = angular frequency in the definition of the Fourier
transform

Subscripts

exp = experimental value

FB = finite level of backmixing in the gas phase

i = stage number

] = impulse

3 = liquid

mod = model

PF = plug-flow in the gas phase

WM = well-mixed gas phase

Superscripts

= = deviation variable (with respect to initial steady

. state)

X = Fourier transform of Y (1)
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into drops due to the agitation or pulsation. As long as there
is a sufficient intensity of agitation in the column, the con-
centration of the continuous phase at a given cross-section
may be regarded as constant. So the continuous’phase is a
microflow, but the dispersed phase is not. When the holdup
is low and the agitation is not very vigorous, the probability
of collision among drops is small. A uniform concentration
of the drop phase throughout a given cross-section of the
column cannot be well developed. Each drop still retains its
own identity. Hence it is a macroflow.

Many types of agitated or pulsed extraction column usu-
ally consist of a series of compartments, in and between
which the drops move stochastically under agitation or pul-
sation. The residence times of the drops are diversified and
the moving paths of the drops are also different from each
other, even if they are of the same diameter. Besides, the
dispersion does have a drop size distribution (DSD) and
the motions of the drops are related to their diameters.
Therefore, neither the concentration of the individual
drops, which have passed the column section and gathered
at the interface, nor the concentration of the drops at
any given cross-section of the column is the same. There
exists a concentration distribution of dispersed phase at any
Cross-section.

To consider the law of drop movement, the following
assumptions have been made:

i) drops of different diameters possess different average
axial velocities which are related to the terminal veloci-
ties of the drops;

i) only drops of equal size possess the same axial dis-
persion coefficient;

iii) moving conditions of drops of equal size are equivalent,
and the random movements of the drops in the column
can be approached by using stochastic process theory.

With the help of the previous two assumptions, the com-
plex moving nature of the drops concerning drop size distri-
bution can be simplified into the superimposed stochastic
results of several fractions of equal-size drops. According to
probability theory, if the conditional transition probability
of the individual drop is achieved, the movements of the
swarms of drops can be predicted.

THE MOVING LAW OF EQUAL-SIZE DROPS — THE MARKOV
PROCESS, CONTINUOUS IN SPACE AND TIME

In view of a swarm of equal-size drops the position of the
individual drop, Z(1), is a stochastic process with a param-
eter of time 7. If time is fixed, Z is a stochastic variable.

The following assumptions can be made through the ob-
servation of drop movement:

i) the process of movement is not affected by the previous
history of the drop;

ii) the track of the moving drop is continuous;

iii) the drop has a finite average velocity at any time;

iv) in a very small interval of time, A7, the average square
deviation of the displacement of the drop is proportional
to the time interval, Ar, but homogeneous to the time.

Such a stochastic process can be regarded as a time-
homogeneous Markov process in which time and states are
continuous. It is also called a diffusion process.

The Fokker-Planck equation is a special type of
Kolmogorov equation describing this situation. The alter-
native name of Fokker-Planck equation is the “Forward
Second Kolmogorov Equation” or the “Generalized Dif-
fusion Equation”.

Equation (1) is a one-dimensional Fokker-Planck
Equation

aft,wit,Z) 9 .
= = "3z [a(,2)f(t,w;T,2Z)]
P 1
2322[ G D)L wim, Z)] (1)

where f(z, w;7,Z) = the transition probability density; ¢, T
= time (1 > t); and w, Z = the position of the drop at time
t and T respectively.

Let a(t, Z) = U, the average velocity of the drop, and
b(t,Z)/2 = E), the axial dispersion coefficient of the drop,
then Equation (1) becomes

af(t,w;t,2) )
——==-U—=ft,w;7,2Z
ar ozl w2
62
+ E, ﬁf(t’ WiToZ) o )

It is a parabolic partial differential equation with two
independent variables. Using Laplace transformation, one
of the variables, such as time variable T, can be removed.
The partial differential equation then reduces to an ordinary
differential equation which can be solved. Subsequently, the
transform is converted back to a function of the two inde-
pendent variables which gives the transition probability den-
sity of the diffusion equation.

Let f*(s,Z) be the Laplace transform of f(¢, w;,2Z)

f*(s,2) = 2{f(t,w;7,2)}

= f flt,wyt,Z)exp (—=stydr ... ... 3)
0
Equation (2) can be transformed into
d’f* dsf*
* — f(0") = E e e
sf* — f(07) L = 4)
which satisfies the initial condition
fO,2)=0 ... )
and the boundary condition
(20 = () N e 6)
Hence the transform of Equation (2) is
d’f* dr*
E, e ey
? 472 iz ¥ @

Equation (7) is a second order linear ordinary differential
equation. The eigenequation of Equation (7) is

Epm*—Um —s=0 ...... ... ... .. (8)
where
U+vV U2 HE 4EDS
m; =
2E,
and
U-V U2 + 4EDS
M = = o T e e e e e g e T (9)
2E,

m, and m, are eigenvalues. It is obvious that m, > 0 and m,
< 0. Then the two linearly independent solutions are as
follows:

fi*(s,2) = exp (mZ)
f¥(s,2) = exp (mZ)
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The solutions should satisfy the boundary condition. As Z
approaches infinity, both f and f* should remain finite.
Therefore, we have '

U— VU + 4Eps ~
2E, ) }

Inverting Equation (11) by using Laplace transform gives
fa Z) N
S Wi T, Z) =
VA4rEL(T — 1)

[Z—w~—U(r — I)]z}
4Ep(T — 1)
f(t,w,T,Z) is the transition probability density submitted to
the Fokker-Planck (Equation (2)). From Equation (12), the
age distribution of drops at the exit can be written as
F0.0im) = g |- S
0,7, L) = —=—eXp\ T — =
amEpr T 4Ept
and the age distribution of drops at the cross-section of
height Z is

F5(5,Z) = fi*(s,Z) = ‘exp [(

X exp {~

}....(13)

(Z — Ur)?
f(0,0;7,2) = exp {————

. } (4

\/4TFEDT

THE EFFECT OF DSD oN RTD

Equation (14) is, in fact, the conditional transition proba-
bility density related to the drop size. Hence it can be re-
written as

fr,Z1d) = fi0,0:7,Z) oo (15)

If the drop size shows no effect on the transition probability
density, i.e. no segregation,

= Zi| ) e e e (16)

which can be used to predict the RTD of all kinds of drops
regardless of the drop sizes.

The drops usually, however, have DSD and segregation
effects. Therefore, using the statistical method. the overall
RTD of drops at the cross-section of height Z is given by

fv(d)U(d‘;f(T.zid)dd

0

fx Jx v(d)U(d)f(7,Z|d)ddd
0 Yo

and the overall age distribution of drops at the exit is

r v(d)U(d)f(r,L|d)dd

0

E(1,L) = ——
J J v(d)U(d)f(r,L|d)dddr
0 0

where v(d) is the volumetric distribution density of the drop
with diameter d in dispersed phase, and U(d) is the vertical
(axial) velocity of the drop with diameter d.

The axial dispersion coefficient of drop Ej, in Equations
(12)—(14) is an important parameter. Olney (1964) assumed
that E,, was a constant which could apply to all the drops of
all sizes in a given operation circumstance. Later Rod
(1968) proved experimentally that the assumption was not
valid. After measuring the residence time of sieved individ-
ual solid particles, he evaluated the diffusional component

of the dispersed phase in RDC and recommended a cor-
relation as below

E NDre
D =00 —

T

where € is the fractional free cross-section.

The correlation (19) implies that Ej, is dependent on the
geometry of the column, the rotating speed and the vertical
velocity of the drop and is independent directly of its own
physical properties. If Ep, v(d), U(d) are known, the over-
all age distribution of drops can be predicted by Equations
(14, 17, 18).

STATISTICAL STUDY ON EXTRACTION COLUMN PERFORMANCE

1. The case of constant concentration in the continuous
phase ’

If the concentration of continuous phase does not change
appreciably, it can be regarded as a constant concentration
which is the average value at inlet and outlet. It is approxi-
mately true when
a) the throughput of the continuous phase is much greater

than that of the dispersed phase; and

b) the height of the column is low, the number of compart- -

ments is small, and back-mixing is very serious.
Then the mass transfer coefficient and the concentration of
drop are dependent on its RTD only. Combining Equation
(20) with Equation (14) to calculate RTD, the concentration
of dispersed phase at outlet and the extraction efficiency of
the column can be evaluated.

The mass transfer equation for a single drop is

S (20)

= Ny —y®)

dr d; G Y
Since x = constant, therefore y* = F (x) = constant. Inte-
grating Equation (20), the concentration of the drop can be
obtained

6 T
¥ =y = (o = v¥) exp {7 f Koo(®d1} ... Q)
i 0
The overall concentration of dispersed phase at outlet is
equal to the mean of the concentrations of the drops ap-
proaching the interface.

dm'dX 2
Y = J f y(r,d)f(z,L|d)e(d)dTdd
d,

0

min

dmax 2
:J <pij yim i bYdndd (22)
0

dmm

2. The case of continuous phase with a concentration
profile

If there is a concentration profile in the continuous phase.
the extraction efficiency of a drop depends not only on its
RTD, but also on what path it has travelled. Since the
movement of the drop is random, where and how long ths
drop has resided are stochastical. It obeys a Markov process
Hence y* in Equation (20) is a stochastic variable. It shoulc
be pointed out that the concentration of drop y, in Equatioz
(20) is affected by its earlier history. So it is difficult to solivz

To consider the performance model, the followinz =z:-
sumptions are noted:
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Uc X out UaYin

dx .
-Ec(-h) gy Ucal Y

x = P . -d
dma. %\_J‘ f”Kou”(y‘l y*')d7-dd-dz
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= dmas = Sk -dd-dz
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Figure 1 — Performance model of extraction column.

1) coalescence and redispersion rarely occur due to the low
holdup,

i) concentrations of the solute in both phases are low,
hence the flow rates of the two phases can be regarded
as steady,

iii) the drops are spherical,

iv) there is no extra interfacial resistance. The overall mass
transfer coefficient can be evaluated by using a two-
resistance model,

v) the mass transfer coefficients of the drop-side phase can
be predicted by using models derived for a single drop,
such as the rigid drop model (Newman model), the
laminar circulating model (Kronig-Brink model), or the
turbulent circulating model (Handlos-Baron model) re-
spectively, according to the Reynolds number of the
drops,

vi) the drop at certain time and position has covered its
prior path at an average moving speed. It has been
proved that the probability corresponding to this as-
sumption is maximum. Hence the assumption is
acceptable.

According to the assumption vi), the concentration of the

drop can be calculated by Equation (23):

dy(r,d) _ 6Kop(7,d)

[y(r,d) — y*] ........ (23)
dr

Making the material balance of the height element dZ (see
Figure 1) a set of integral-differential equations has been
derived.

For the drops of diameter d,

dy(d) 6 e o
iz = dU(d) J;) Kop(1,d) [y(’r,d) y*]
X f(j,Z|d)dT ........................... (24)

The overall concentration of the dispersed phase is

dmax
Y:f Q(Y(A)dd .o (25)

diin

where @(d) is the density of the flowrate of the drop-size. It
can be defined as

‘!max
o(d) = U(d)v(d)/L Uldyv(dydd ......... (26)

Differentiating Equation (25) and combining with Equation
(24), Equation (27) can be derived.

dy 6h Jdm FK . D)y, d) .
e ol e o5 VAT, -y
dZ Uy iy 20 or : 4
v(d)
X f(1,Z|d) e dodd L (27)

Since it is difficult to solve the model equations anal-
ytically, a sophisticated numerical computer programme has
been developed.

The spectrum of drop-size distribution has been divided
into several fractions, e.g. n fractions. In addition, the du-
ration of residence time has been divided into several inter-
vals, e.g. m intervals. Thus the Equations (23) and (27) can
be reduced to

dy S0 Ko 0y SRR (28)

dz d.U;
where i = 1, 2, 3, ..., nrespect to n drop-size fractions, and
Jj=1,2,3, ..., mrespect to m time intervals.

dY 6k (b

= =L x,K (v, — y*)drdd . ... (29
dZ Ud d,"[)fj ODU(,V] )) ( )

dmin

The total solute transferred per unit area within the differ-
ential height, dZ, equals to

max

dax y; [* ’
6h j : f FiKo,(vy — y¥)d7 dd dZ ... .. (30)
d, 0

min !

For the continuous phase, the material balance gives

dx LU dx o 6h fd i
‘4z (1 = dZ (0 —h) g d do O
X (y; = y®drdd =0 ... 31)

X is a hypothetical concentration which represents the con-
centration of continuous phase of plug-flow. Equation (31)
can be reduced to Equation (32) and (33).

dX _ 6/’1 drnax Vi

= L T e e
R (1,-ij oo,y = ¥™) 52)

dx U,
Phrn (X —x)
dz (1 -h)

where f; is the age distribution of the drops, it can be eval-
uated by Equation (14), v(d) is the volumetric distribution
density of the drops and v; is the volumetric fraction of the
drops.

The boundary conditions are:

ZZO, Y:Yin

dx
— =0, therefore x = xgy .. .. .. (34)
dz
E.(1 — h) /dx
7 =L, x=xm——(———(—)
U. dz/z=t
Y = You

Thus, the model consisting of a set of integral-differential
equations, including Equations (28), (29), (32), (33) and
boundary conditions (34), usually has hundreds of differ-
ential equations. A computer-programmed solution has been
developed.

Apart from the above theoretical performance model, the
calculation or measurement of the following parameters is
required in column design or performance prediction:
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i) drop size distribution;
i) drop velocity distribution and dispersed phase holdup;
iii) mass transfer coefficients of both drop side and con-
tinuous phase;
iv) axial dispersion coefficients of continuous phase.

DROP SIZE DISTRIBUTION (DSD)

Drop size distribution depends strongly on the type and
speed of the agitator, the direction of mass transfer, flow-
rates and physical properties of the system. For the time
being, it cannot be predicted precisely. It has to be measured
experimentally to obtain accurate predictions of column per-
formance.

In the present study, a photographic technique was used
to measure the drop sizes and size distributions during each
run. The Mugele-Evans distribution function (Equation
(35)) was used to fit the experimental data of drop size
distribution.

= e - e 2

This is the upper limit log-normal distribution. Olney
(1964), Chartres and Korchinsky (1975) and Jeffreys et al.
(1981) had confirmed that the drop size distribution in RDC
is better described by the Mugele-Evans distribution.

It is usually adopted that the logarithm of the drop size is
plotted against the cumulative percentage less than that size
on a probability scale in order to calculate the parameters of
the distribution. Such a method is rather tedious. Instead of
this graphical method, a parameter-fitting method was used.
The parameters in the Mugele-Evans distribution function
were evaluated from the measurement in each run in order
to obtain the least-squares error between function-calculated
and experimental data. The procedure of computation is as
follows.

Define the observed volumetric distribution of the drops
less than size (d; + r;/2) as Ve

dl
Z nidi3

T d
Vi,obsv<di + E) = i (36)

dmax

2 nidi3

drmn
where r; is the width of the interval of drop diameter. Using
Mugele-Evans distribution, the calculated volumetric distri-
bution of the drops less than size (d; + r;/2) is

r; di+r;/2 8 dmax
V"’°“‘“<d" * 5) - J;m Va d(dog — d)
X exp {— {8 In (—ad—)]z}dd .......... 37)
dpo — d
Define the deviation of observations as ¥,
Wi(xX) = Viewswy = Viewc(X) oo (38)
where x is the vector of the parameters
X = (Xpy X25 cees Xim) oot 39)

let
x; = a, asymmetrical distribution parameter

x; = 8, uniformity distribution parameter

The dp,, in Equation (37) is a parameter which may take the
value of the maximum drop diameter in the picture. Usually
only one drop is maximum. If there are N values of the
observed drop-size data, the vector of the function is

W(x) = [V(x), Yy(x), ..., Ty(x)]T .......... (41

Let the objective function be | W(x)|?, and search the opti-
mum parameters to make the objective function have its
minimum value, i.e.

|¥(x)|? = ¥(x)"¥(x) = minimum ......... (42)

It is a non-linear optimisation problem. A damped least
square method was used.

DROP VELOCITY DISTRIBUTION

To approach the problem of drop velocity distribution, it
is better to measure the values of drop velocities, which will
undoubtedly be highly dependent on drop size. But such
measurements have not been made so that the approximate
method proposed by Olney (1964) and Chartres and
Korchinsky (1975) was adopted here.

The assumption is that the drop velocity relative to the -
continuous phase is proportional to the terminal velocity of
the single drop. Misek and Marek (1970) proposed a cor-
relation of the drop terminal velocity in RDC.

2 1/3

U, = 0.249d<&9) ...................... (43)

pC "LC

Olney (1964) and Chartres and Korchinsky (1975) sug-
gested that the drop velocity distribution is found by com-
bining Equations (44, 45).

U= U=tk =G, =)

- (44)
Tl R R R
where Cy is Olney’s constriction factor and
. U U, dmax
c' = [— + ]/ CeviU,,(1 = h)dd
R A =-ml e,
and
Ud dmax
= = vUdd ... (45)
h 4

'min

where £ is the dispersed phase holdup which was measured
experimentally in each run.

MASS TRANSFER COEFFICIENTS

The measurement of drop size dependent mass transfer
coefficient in an operating extraction column would require
techniques not yet demonstrated. For the time being. it
seems more logical to assume a model for a single drop tc
predict drop-side and continuous phase mass transfer coeffi-
cients, and to compare them with the data taken from thes
single drop experiments.

When a drop is small, it behaves like a rigid sph
Newman (1931) solved the diffusion equation of z riz
sphere model. The instantaneous coefficient for z mz
sphere is given by
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% \' An*mw Dyt
21D, = L d? J (46)
o = i 1 Dy
2wt { & }

Similarly, Kronig-Brink (1950) using Hadamard stream-
line equation derived a laminar circulating model. The
instantaneous mass transfer coefficient for the model is ob-
tained as follows:

64D
2 AN, exp[ A, dT]

32D, n=1 d* i
dL = 3d S G 47)
Zl A, exp [— 7 ]

In large drops, oscillation as well as internal circulation
has been observed. The motion within the drop was assumed
by Handlos and Baron (1957) to be highly turbulent, who
derived a model which took account of the vibrations of the
drop as well as the circulation. The experimental studies
showed that the model was generally applied to oscillating
drops.

k,r = _____l_jf__.
“T768(1 + pa/pe)

z Nl 1

Z )\,,Bi exp [— ————T——J

n=1 128(1 + wa/pe)

B ——— (48)
2 )\,,UJT
> Blexp [— ——————~}
n=l 128(1 + pa/pee)

Take the first eigenvalue, A, = 2.88, the approximate coef-
ficient is given by

0.00375U;

o 1+ p‘d/p‘c

Strictly speaking, the three models given above are based
upon the assumption that no mass transfer resistance exists
in the continuous phase. In the present study, the main
resistance to mass transfer resides in the dispersed phase
since the equilibrium distribution of the solute favors the
aqueous phase. Hence, only minor errors would be intro-
duced by using the equations given above.

Although there are three drop mass transfer models avail-
able, how to choose the particular one remains unsolved. An
attempt was made in this paper to find the criterion based on
earlier experimental studies. Johnson (1960) and Zhang
et al. (1963) published vast amounts of mass transfer data of
single drop experiments. They revealed that the mass trans-
fer data of the drop-side matched the Kronig-Brink model
only when the Reynolds number of the drop was less than
50. Beyond 50, the value of the mass transfer coefficient for
the drop-side would increase rapidly with the Reynolds
number, but it could reach only 30%—70% of that predicted
value suggested by Handlos-Baron model.

To extend the scope of using drop mass transfer models,
it has been suggested that the criterion for choosing the
models is the drop Reynolds number (Re = dU;p, /i), i.e.

Re = 1.0, the rigid sphere model (Newman) is used;

50 = Re > 1.0, the laminar circulating model (Kronig-
Brink) is used;

TABLE 1
Geometric Factors of RDC

Number of
Dy, cm D;, cm Dg, cm Hr, cm compartments
10.0 6.75 5.0 2.50 40

Re > 50, 50% predicted value of Handlos-Baron model
is adopted

To evaluate the mass transfer coefficients of the con-
tinuous phase, the Calderbank and Moo-Young correlation
(1961) for agitated vessels was used. The overall mass trans-
fer coefficient was then obtained from the individual coeffi-
cients, k; and k., by

1 1 m
e et R +
Kop ks ke

AXIAL DISPERSION COEFFICIENTS OF CONTINUOUS PHASE

A considerable amount of work has been done in this
aspect and empirical correlations are available for several
types of columns. In the present study, the following cor-
relation, suggested by Zhang et al. (1981), was used to
predict the dispersion coefficient for the agitated zone of the
column.

DM /D05 DN\ 0T
= 0.5 + 0.0204 (—) (—) ( )
U.H, D,) \H,/) \U.
U, + U\
x (———> ......................... (52)
U.

This relationship is analogous to those proposed by
Miyauchi et al. (1966). However, the effect of the dispersed
phase flow rate on the dispersion coefficient of the con-
tinuous phase has been included. For the settling zone the
correlation of Vermeulen et al. (1966) was used.

Experimental
APPARATUS

A rotating disk contactor, diameter 0.1 m, effective
height 1.2 m, was used in this study. The effective agitating
zone, height 1.0 m, consisted of forty compartments. In the
centers of all compartments were situated forty rotating
disks of 1 mm thickness which were supported by a common
shaft of 16 mm diameter and driven by a D.C. motor. The
speed of rotation was measured by an electronic meter. All
the internals were made of stainless steel. Above the agi-
tated zone, there was a settling zone of 0.2 m height. The
important column parameters are listed in Table 1.

The flow rates of both phases were measured by rota-
meters. The continuous phase outlet was fitted with a regu-
lating valve and a solenoid valve which could automatically
control the main interface at the top end of the column.
The heavy and light phases were supplied to the column
from two head tanks. A schematic flowsheet is shown in
Figure 2.

The equipment for measuring RTD of the dispersed phase
is illustrated in Figure 3. A sample collector, 40 mm di-
ameter, was fitted in the settling zone just under the inter-
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Figure 2 — Schematic flowsheet of experimental equipment: C,
camera; ERM, electronic rotation speed meter; HT1,2, head tank;
ILC, interfacial level controller; M, D.C. motor; P1.2, pump; R,
recorder; R1,2, rotameter; SP1,2, spectrophotometer; SV, sole-
noid valve.

Figure 3 — Schematic configuration of apparatus for measuring
RTD of dispersed phase: 1, RDC; 2, sample collector: 3, 2 mm dia.
Teflon tube; 4, light beam; 5, quartz cell: 6, photo cell; 7, spec-
trophotometer; 8, recorder; 9, wire mesh.

face. In the sample collector there was a piece of wire mesh
which just allowed the organic phase to pass through. The
sampled organic phase then flowed through a Teflon tube of
2 mm diameter into a quartz cell which was put in the
spectrophotometer.

SYSTEM

Water —kerosene —n-butyric acid system was used with
water as the continuous phase, kerosene as the dispersed
phase and butyric acid as the transferring solute. Organic
chemicals of technical grade were used.

In axial mixing experiments, the pulse injection technique
was used. Two red dyes have been chosen. One was acid red
only soluble in aqueous phase, and the other, candle red,
was only soluble in organic phase. No interference between
phases was observed in the axial mixing experiments.

The physical properties of the system were measured
experimentally as shown in Table 2.

In mass transfer runs, the values of the physical properties
of both inlet and outlet streams were measured and the

TABLE 2
Typical Physical Properties

Interfacial
System Viscosity Density tension
(no solute) c.p. g/cm’ dyne/cm
Method Ostwald Westphal Drop weight
viscometer balance
Water 1.01 1.000 4.0
Kerosene 2.51 0.806 -

arithematic mean values were taken for mass transfer
calculations.

Before the mass transfer runs were carried out, two
phases were mutually saturated by the extraction column in
order to ensure conditions of essentially single component
mass transfer. The solute concentration of the raffinate at the
inlet was kept at low levels, about 30 g/L and the solute
concentration in incoming solvent was nearly 0 g/L.

PROCEDURE

To start the operation, the experimental RDC was first
filled with the continuous phase, then the dispersed phase
was gradually introduced. The motor was started and set at
a proper speed. In each run, after a certain volume of con-
tinuous phase corresponding to more than five times the
total volume of the column has passed through the column,
and the samples were analysed several times, to ensure that
steady state had been established. At the end of each run all
inlet and outlet samples were collected and analysed, then
the run was stopped for holdup measurement. Only the data
for which the solute mass balance checked within 5% were
accepted. All dispersed phase holdups were determined by
the displacement method, i.e. shutting-off all the valves on
the inlet and outlet streams at the same time, then allowing
the phases to separate before measuring the dispersed phase
volume. The concentration of solute in the samples was
measured by titration.

The procedure for determination of axial mixing effect
was to inject a pulse of tracer (1 mL dye solution) and to
sample downstream or at the outlet. Samples were analysed
with a spectrophotometer (characteristic wavelength of
540 nm). The response curves were recorded. The sample
flowrate was regulated and measured, and the volume of the
Teflon tube and cell etc., were fixed, so the delay of the
response curve could be evaluated.

Absorbance is the logarithm of the ratio between the
intensities of the light beam before entering and after leaving
the sample, i.e. the logarithm of reciprocal transmittance.

CxA
1
A = log <}> =2 —1og (100T) ............. (53)

The drop size in the RDC were determined photo-
graphically using a camera equipped with an extension tube
located at the middle of the column. A diffused flash light
source was used for illumination. From the enlarged photo-
graphs over one hundred drops were measured in each photc
to evaluate the drop size distribution.

Solute” distribution data were measured experimentzl’:
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TABLE 3
Parameters of Drop Size Distribution (no Mass Transfer)

B o U Ua N d a 5 h

no. cm/s cm/s 1/s cm cm

101 0.246 0.0724 9.17 0.228 0.366 0.287 0.481 0.0516

102 0.286  0.0724 9.17 0.296 0.438 0.246 0.618 0.0586

103 0.338 0.0724 9.17 0.290 0.420 0.237 0.512  0.0597

104 0.386  0.0724 9.17 0.235 0.402 0.430 0.460 0.0465

105 0.481 0.0724 9.17 0.265 0.438 0.319 0.418 0.0470

106 0.246 0.0724 10.8 0.202 0.329 0.372 0.635 0.0669

107 0.286 0.0724 10.8 01252 0.384¢ 0.241 0:443 0.0521

108 0.338 0.0724 10.8 0.257 0.420 0.312 0.545 0.0525

109 0.386 0.0724 10.8 0.254 0.384 0.242 0.549 0.0556

110 0.246 0.0724 11.7 0.168 0.276  0.414 0.544 0.0599

111 0290 10:0724— 117 0.166 0.293  0.525 0.567 0.0604

112 0.338 0.0724 11.7 0.186 0.293  0.366 0.709 0.0567

113 0.386 0.0724 11.7 0.174 0.293 0.410 0.582 0.0600

114 0.481 0.0724 11.7 0.164 0.276  0.492 0.664 0.0582

115 0.246 0.0724 13.3 0.130 0.202 0.414 0.804 0.0830

116 0.290 0.0724 13.3 0.139 0.238 0.437 0.815 0.0743

117 0.338 0.0724 13.3 0.106 0.166 0.472 0.808 0.0696

118 0.386  0.0724 13.3 0.115 0.184 0.464 0.771 0.0743

119 0.481 0.0724 13.3 0.111 0.184 0.549 0.783 0.0908

120 0.290 0.0724 15.0 0.109 0.184 0566 0.785 0.113

121 0.290 0.108 15.0 0.0937 0.166 0.711 1.032  0.191

122 0.386 0.0724 15.0 0.106 0.202 0.769 0.678 0.130

40
EXP. NO. N(T.P.S)
— 103 9.17
N O MEASURED D%}TA 108 10.8
=, —— EQUATION ( =4) 10 —_— 112 11.7
SORSEEE 122 15.0

/

/
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1
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Figure 4 — Measured solute distribution data.

and correlated as below by least squared polynomial re-
gression analysis.

y* = 0.05155x + 0.01320x* ................. (54)

It is shown together with the data in Figure 4.

Results
DROP SIZE AND DROP SIZE DISTRIBUTION
The experimental condition and Mugele-Evans parame-

ters dpma, a and d determined by damped least square method
to fit the experimental data are listed in Table 3. The

1
0.1 0.2 0.3 0.4
d cem

Figure 5 — Comparison of DSD.

Mugele-Evans function with a choice of three parameters
promises a more accurate representation, particularly of the
large drops, than other functions.

In order to illustrate and compare different DSD in differ-
ent rotating speed, four DSD curves were drawn in the same
figure. The flowrates of both continuous and dispersed
phase in these runs were all the same. As Figure 5 shows,
the maximum drop size decreases with increasing rotor
speed. But the asymmetrical distribution parameters and the
uniformity distribution parameters a and 9, increase with
increasing rotor speed. That means the higher the rotor
speed is, the smaller the drop sizes are, the less asym-
metrical and the more uniform the distribution will be.

These upper limit log-normal distributions are in good
agreement with the experimental drop size data. The agree-
ment is confirmed by comparing dj, calculated from experi-
mental data by Equation (55)
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Figure 7 — Correlation of Sauter mean diameters (no solute
transfer).

2 nidi2

with ds, from the upper limit distribution which is calculated
from Equation (56).

To correlate the maximum drop data or the Sauter mean
drop size data, the theory of isotropic turbulence proposed
by Hinze (1955) was applied

0.6

dps = C, (3> 0% (57)
where E is the rate of energy dissipation per unit mass of
fluid. Strand et al. (1962) reported the constant C,tobein
the range of 0.4 t0 0.6, according to the different systems.
The maximum drop size-data of no solute transfer runs are
plotted in Figure 6. The slope of dpax VS. rOtOr speed is —1.5
which is in accordance with Strand’s data. However, ac-
cording to Equation (57), the slope should be —1.2. The
constant C, in this study is about 0.45.

O Cc—a DIRECTION
a4 ® d—c DIRECTION

i"
3 0.4 05 o1} 07 0.8 0.9 1.0 8] 1.2

(U/Pc )o.a E-o.a

Figure 8 — Correlation of Sauter mean diameters (mass transfer
run).

TABLE 4
The Ratio of ds t0 dmax

Mass transfer runs No mass transfer runs

Rotor speed Rotor speed
I.p.s. ds2/ drrax I.p.s. ds2/dmax
6.67 0.62 9.17 0.63
8.33 0.69 10.8 0.64
9.17 0.65 11.7 0.60
10.8 0.63 13.3 0.61
12.5 0.59 15.0 0.56

It was suggested that, as a first approximation, the ratio,
the Sauter mean diameter/ maximum drop diameter, might
be taken as a constant. Therefore

o\ 0.6
d32 = Cz (—‘) E—‘O'4 ....................... (58)
Pe

In no solute transfer runs, C; is approximately equal to
0.27, although the exponent of E also shows a little devi-
ation from —0.4.

The Sauter mean drop size data were plotted in Figures 7,
8. The data in mass transfer runs are more scattered because
they are sensitively affected by solute concentration and the
direction of solute transfer.

According to the experimental data, the constants in the
correlations of drop size ds, in RDC have been obtained.

For mass transfer runs, C, = 0.30
For no mass transfer runs, C; = 0.27

The average ratios of dy; t0 dmx are listed in Table 4. The
data show that as the rotor speed increases, the ratio de-
creases slightly. On the whole, the average ratio is 0.62.

RESIDENCE TIME DISTRIBUTION OF DISPERSED PHASE

From the transmittance curves on the recording paper, the
absorbance data were evaluated by Equation (53). As the
concentration of the dye tracer was proportional to the ab-
sorbance, the experimental overall age distributions could
be calculated by Equation (59).

C(7) (59)

Eexp(7) =
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Figure 9 — (A, B, C, D) Overall age distribution of dispersed
phase.

The overall age distributions predicted by the model,
Equation (18), were computed. Figure 9 gives several
examples, in which the distribution curves predicted by the
forward mixing model were plotted too.

TABLE 5
Numerical Characteristics of RTD

o
Standard deviation (dimensionless)
1
Mean (sec) Pred. by
Exp. ——— Pred. by dispersion
no. Exp. Pred. Exp. authors’ model model with ds»

101 77.9 76.7 0.553 0.527 0.195
102 88.5 91.3 0.729 0.434 0.198
103 90.1 86.4 0.765 0.482 0.199
104 70.2 67.0 0.478 0.626 0.193
105 70.9  65.7 0.478 0.605 0.193
106 101 102 0.651 0.476 0.208
107 78.7 79.1 0.587 0.519 0.199
108 79.2  78.2 0.505 0.519 0.200
109 83.9 86.3 0.534 0.475 0.202
110 90.5 87.9 0.478 0.539 0.207
111 91.2 889 0.729 0.570 0.207
112 85.6 87.9 0.609 0.471 0.205
113 90.6 88.5 0.652 0.538 0.207
114 87.9 86.2 0.491 0.553 0.206
115 125 128 0.565 0.433 0.225
116 112 115 0.548 0.451 0.220
117 105 108 0.532 0.475 0.217
118 112 113 0.580 0.482 0.220
119 137 131 0.528 0.503 0.229
120 171 164 0.596 0.451 0.249
121 193 186 0.417 0.429 0.258
22195 158 0.624 0.494 0.259

The comparison of experimental and model-predicted
overall age distributions of dispersed phase (see Figure 9)
shows that values predicted by the model, Equations (13,
18), were nearly the same as the experimental values when
Misek axial mixing coefficient, and Olney and Korchinsky
approximate method were utilized.

The curves predicted by the forward mixing model usu-
ally have much higher peaks than those obtained experi-
mentally, especially when the rotor speed was not very high.
Besides, the overall age distribution predicted by the dis-
persion model based on equal drop-size ds, gives less asym-
metrical values, i.e. smaller variance and skewness than
experimental ones. Hence the greater deviations between
experimental overall age distributions and the predicted
values by both forward mixing model and dispersion model
have been confirmed.

In order to compare more data, the numerical character-
istics of distribution were utilized. Table 5 gives the means
and standard deviations of the distributions; Figures 10 and
11 give the skewnesses and peak-factors separately.

The following numerical characteristics of distribution
were used.

Ky = mean, the first moment

" f: TEMdT .o (60)

0,2 = variance

gia= f; (T = W)PEM@dT .o (61)

o = standard deviation (dimensionless)

o = "'i ............................... (62)
e
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2 = skewness

[ & - wremas
0

zk = T R e e (63)
o
€, = peak factor
f (T — w)*E(r)dr
€ = = i =3 e (64)

a;
From Table 5 and Figures 10, 11, good agreement has
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been reached between the experimental data and those pre-
dicted by the model. Almost all skewness data lie within
20% error lines, whereas those predicted by the dispersion
model (equal drop size) show much smaller standard devi-
ation, skewness and peak factor.

The skewnesses predicted by this model agree well with
the experimental ones. These skewnesses are positive,
which indicate the great influence of forward mixing and the
importance of segregation in the swarms of the drops, es-
pecially when the agitation is not very intense.

As revealed in Tables 3, 5 and Figure 10, the runs at low
agitation speed have greater skewness, peak factor and al-
most the same standard deviation. It means that the high
value of axial mixing at low or mild agitation condition is
contributed mainly by different axial velocities of the drops,
i.e. forward mixing effect.

As the agitation becomes more vigorous, the drop size
becomes smaller and the spectrum of DSD gets narrower.
The vertical velocities of drops decrease, whereas the axial
dispersion coefficients increase. Consequently, the skew-
ness and peak factor get smaller. In such case, the con-
tribution of dispersion effect to the axial mixing becomes
more important than in the previous case.

Although the values of age distribution predicted by our
model agree well with the experimental ones, a certain devi-
ation still remains. It seems likely that the errors are mainly
introduced by the drop size measurement and the possible
existance of coalescence of drops in the column.

MASS TRANSFER OPERATION

To predict the mass transfer efficiencies, the solutions of
the single drop model equations leading to the calculation of
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Figure 13 — Concentration profiles predicted for run 20.

overall mass transfer coefficients were substituted directly
into Equations (28, 29, 32, 33). These equations with
boundary conditions, Equation (34), were then solved to
obtain the dispersed and continuous phase concentration
profiles, from which the extraction efficiencies and plug-
flow number of transfer units were calculated.

Considering that greater deviations were predicted by us-
ing only one drop model for mass transfer calculation, a
criterion to choose the models was adopted.

Two typical examples of concentration profiles are illus-
trated in Figures 12 and 13. Dispersed phase-based extrac-
tion efficiencies, mgp, and plug-flow number of transfer
units, Nopp, were calculated from the concentrations of col-
umn inlet and outlet streams by means of Equations (65) and
(66).

= YOut - Yin (65)
TNop YR(rg) — ¥, e
1 1 -
Nopp = In ool (66)

l—l I = mep/N
A

where N = U./(U; m).

Mass transfer results are better examined in terms of the
plug-flow number of transfer units (based on the dispersed
phase concentration) because it is VETy sensitive.

Extraction efficiencies, predicted by different peform-
ance models, are illustrated in Figure 14, in which only
Kronig-Brink drop model is used. The difference of the
curves is large, confirming the inability of dx, to adequately
represent the dispersion of drops having varying sizes. If the
column height is fixed the plug-flow model gives the highest
extraction efficiency, while our model gives the most con-
servative prediction.

The influence of the performance model chosen for mass
transfer calculation increases significantly as the extraction
efficiency increases. Predicted heights for achieving a de-
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Figure 14 — Comparison of efficiencies predicted by different
models.

sired extraction efficiency are also increasingly influenced
by the model as efficiency increases. Hence it must be
emphasized that choosing a correct model for the column
performance is important.

Experimental and predicted results obtained in mass
transfer runs are summarized in Table 6. The Nypp values of
experimental vs. predicted are also compared in Figure 15.
These runs covered a large range of flowrates, agitating
speed, and different mass transfer direction, either ¢ — ¢ or
d — c¢ direction.

The comparison of experimental, and model-predicted,
number of transfer units, Np, (see Figure 15), shows that
experimental values of ¢ — d mass transfer direction were
about the same as those predicted by our model when both
the combined single drop models and the Calderbank and
Moo-Young continuous phase mass transfer coefficient
were applied. The predicted values of Nypp are on the aver-
age about 6% higher than experimental ones, ranging from
82% to 126% of the experimental values. The standard
deviation is 15%. In the case of d — ¢ mass transfer direc-
tion, the predicted values of Nopp are about 19% lower than
the experimental ones, ranging from 69% to 94%. The stan-
dard deviation is 8.1%.

The differences between the two mass transfer directions
are probably due to the effect of coalescence and redis-
persion of the drops. When solute transfers from continuous
phase to dispersed phase, the coalescence and redispersion
of the drops seldom occur, which has been confirmed by
Misek (1970). Hence each drop keeps its own identity, and
good results have been obtained by the model. When solute
transfers in opposite direction, the coalescence and redis-
persion may take place, and can be explained by using
interfacial phenomena i.e. Marangoni effect.
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TABLE 6

Results
EOD NODP
Exp. U. U, N h rmax a d
no. cm/s cm/s r.p.s. cm Exp. Pred. Exp. Pred.
1 0.1981 0.2617 6.67 - 0.0898 0.441 0.457 0.731 0.384 0.391 0.543 0.558
2 0.1309 0.2617 6.67 0.0932 0310 0.380 0.599 0.340 0.371 0.487 0.554
:) 0.2688  0.1928 9.17 0.0966 0.340 0.234 0.510 0.583 0.539 0.964 0.848
4 0.2688  0.2617 9.17  0.158 0276 0.226 0.498 0.596 0.565 1.04 0.951
) 0.1981  0.1928 9.17 0.110 0.294 0.701 0.619 0.633 0.577 1.17 0.985
6 0.1309  0.1238 9.17 0.0523 0.344 0426 0715 0.573 0.508 0.971 0.795
7 0.1309  0.1928 9.17 0.114 0.230 0395 0.633 0.527 0.521 0910 0.892
8 0.1309 0.2617 917 02137 0.299 0477 0.576 0.447 0.440 0.742 0.722
9 0.2864 0.3130 5.00 0.101 0.517 0319 0526 0.321 0.374 0.417 0.513

10 0.2864  0.3130 6.67 0.112 0.557 0352 0.742  0.347 0.392 0.464 0.547
11 0.2864  0.3130 9.17 0.128 0.425 0.311 0.453 0.425 0.469 0.616 0.714
12 0.4770  0.3130 8.33 0.145 0.383 0.146  0.437 0.456 0.533 0.651 0.825
13 0.2864  0.1450 8.33 0.0511 0.447 0.324 0.664 0.416 0.490 0.564 0.711
14 0.2864  0.5382 8.33 0.276 0.401 0.128 0.426  0.368 0.420 0.540 0.661
15 0.2688  0.1238 9.17 0.0523 0.381 0.207 0.476 0.566 0.533 0.886 0.806
16 0.2688  0.1945 9.17 0.0755 0.399 0.274 0.551 0.554 0.521 0.886 0.803
17 0.2688 0.1238 10.83 0.0613 0.330 0.418 0.861 0.687 0.632 1.26 1.07
18 0.2688  0.1928  10.83" 0.0852 0.401 0.408 0.630 0.648 0.558 1.17 0.897
19 0.2688 0.2617 10.83  0.124 0.381 0.466 0396 0.635 0.544 1.18 0.894
20 0.1981 0.1238 10.83 0.0653 0.294 0.523 0.700 0.684 0.663 1.28 1.20
21 0.1981 0.1928 10.83 0.0994 0.310 0.350 0.550 0.658 0.607 1.26 1.08
22 0.1981 0.2617 10.83  0.154 0.264 0411 0574 0.655 0.627 1.34 1.23
23 0.1309 0.1238 10.83 0.0784 0.312 0.720 1.16 0.748 0.667 1.66 1.29
24 0.1309 0.1928 10.83 0.0943 0.261 0.413 0.633 0.677 0.592 1.49 1.12
25 0.2829 0.1238 125 0.0801 0.248 0.575 0.886 0.835 0.717 1.98 1.36
26 0.2829 0.1928 12.5 0.192 0.294 0.675 1.09 0.820 0.735 2.00 1.51
27 0.2829  0.1928 12.5 0.174 0.310 0.834 0.638 0.781 0.659 1.74 1.20
28 0.2688 0.1238 12.5 0.0955 0.208 0.460 0.773  0.855 0.775 2.15 1.64
29 0.2688  0.1928 12.5 0.178 0.240 0.600 0.838 0.855 0.761 2.30 1.65
30 0.1981 0.0672 12.5 0.0568 0.209 0.569 0.762 0.862 0.786 2.14 1.65

NOTE: k., Calderbank and Moo-Young; y* = 0.05155x + 0.01320x?%; direction of mass transfer: ¢ — d for experiment no.
1—14 and direction of mass transfer: d — ¢ for experiment no. 15—30.

In general, the presence of solute will lower the interfacial

O C—-D DIRECTION tension (do/dC < 0), and it is expected that as solute
transfer from drops to continuous phase, the concentration
| ® D-—-C DIRECTION of the solute in the film between two adjacent drops is

greater than the bulk concentration of the continuous phase.
Hence the local interfacial tension is lowered, the drainage
of the liquid film separating the drops is accelerated and the
coalescence of drops is promoted. If the diameter of the
o coalesced drop exceeds the maximum drop size in the
7 turbulent field, it will probably redisperse into smaller
| drops instantaneously. However, overall, drop size in d —
¢ mass transfer direction is greater than that in the opposite
®o direction.
On the contrary, when solute transfers from continuous
e phase to the drops, the concentration of the solute in the film
R between two adjacent drops is lower than the bulk concen-
- 8 tration so that the local interfacial tension is greater and the
! « drainage of the liquid film is retarded. Consequently, the
; coalescence of drops is inhibited. In this case, the drop size
will be smaller than that without mass transfer or with mass
@l R transfer in d — ¢ direction.
0 1 2 Coalescence and redispersion of drops not only affect the
Noop PREDICTED drop sizes, and therefore the characteristic velocity etc.. but
also affect the mass transfer behaviour of the drops in twc
Figure 15 — Comparison of model predicted Nopr and experi- respects. First, coalescence, in equalizing dispersed phase
mental Nopp. concentrations and thus increasing the overall concentration
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: v th 1in the mass transfer direc-
— c. Unfortu . the drop interaction effect

A model including both forward mixing and axial dis-

effects has been derived and solx ed numerically.

e influence of drop size distribution on predicted
~*1 iencies has been confirmed by solving the model
equations.
. Good agreement has been demonstrated between experi-
mental overall RTDs and those predicted by the model.
On the contrary, the RTDs predicted by the forward
mixing model or the dispersion model have shown sig-
nificant deviations.

3. The computed results have indicated that the effects of
both forward mixing and dispersion of drops on extrac-
tion efficiency are significant; and the eiﬂuencx may be
overestimated if only a forward mixing model is used.

4. The preliminary attempt that introduces the criterion to
extend the scope of using drop mass transfer models has
greatly increased the accuracy of the prediction.

5. The mass transfer data obtained in RDC are closely pre-
dicted by authors’ model for ¢ — d direction of mass
transfer while about 19% greater than the predicted ones
for d — c direction of solute transfer owing to the effect
of coalescence and redispersion of the drops
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Nomenclature

A = absorbance

a = asymmetrical distribution parameter

C = concentration, g/L

C’ = constant of proportionality

D = solute diffusivity, cm®/s

Dy = rotor disk diameter, cm

D, = stator ring opening diameter, cm

Dr = column diameter, cm

d = drop diameter, cm

ds, = Sauter mean diameter, cm

E = rate of energy dissipation per unit mass of fluid

E(1,Z) = overall RTD of drops

Ep = axial dispersion coefficient of drops, cm?/s

12 = axial dispersion coefficient of continuous phase, cm */s

r = transition probability density

g = acceleration due to gravity, cm?/s

Hr = compartment height, cm

h = fractional hold-up of dispersed phase

k = individual phase mass transfer coefficient, cm/s

Kop = overall mass transfer coefficient based on dispersed
phase, cm/s

L = effective height of column, cm

m = distribution coefficient, y* = m-x

N = rotor speed, s~

Nopp = number of transfer units with plug-flow

Re = Reynolds number (dU,p./w.)

T = transmittance

t = time, s

U, U(d) = axial velocity of the drop, cm/s

U, Us = superficial velocity of continuous phase and dispersed

phase respectively, cm/s
= slip velocity of the drop, cm/s
terminal velocity of the drop, cm/s
volumetric distribution of drops
volumetric distribution density of drops, cm™
the position of the drop at time, ¢
concentration of continuous phase of plug-flow, g/L
concentration of continuous phase, g/L
overall concentration of dispersed phase, g/L
= concentrration of the drop, g/L
= the position of the drop at time 7

[

I

Il

o

N< ~*" &3 < <cqQ
I

Greek letters

= uniformity distribution parameter

= peak factor

extraction factor, U./(U,; m)

eigenvalue

= viscosity, dyne-s/cm?

density, g/cm’

time, s

interfacial tension, dyne/cm; standard deviation, see
Equation (61)

= skewness

= density of the flowrate of the drop size d, see Equation
(26)

= deviation, see Equation (38)

= extraction efficiency

> >, o
[N

3

Ao
Il |

qQ
Il

|

3 6 M
|

Subscripts

= continuous phase

dispersed phase

respecting to n drop size fractions
= respecting to m time intervals

= rigid sphere model

= laminar circulating model

= turbulent circulating model

Il

NN s oo
1l

Superscripts

* = at equilibrium; Laplace transform, see Equation (3)
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